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Membrane reactors have the capability of combining reaction and separation in a single unit 
operation. The membrane selectively removes one or more product species. For a number of 
reactions, whose yields are limited by thermodynamic equilibrium, this results in an increase in the 
reactor conversion and a corresponding increase in product yield. One such reaction is the catalytic 
dehydrogenation of ethane. This reaction was studied in an isothermal high-temperature shell-and- 
tube membrane reactor, containing an alumina ceramic membrane tube impregnated with platinum. 
A theoretical model was developed for this reactor, based on isothermal conditions and plug-flow 
behavior. The model shows reasonable agreement with the experimental data. © 1992 Academic 
Press, Inc. 

INTRODUCTION 

Many industrial catalytic reactions have 
relatively low yields due to thermodynamic 
equilibrium limitations. Ethane dehydroge- 
nation to ethylene is a typical example. 
Thermodynamic equilibrium conversions of 
less than 30 mol% are obtained at 700°C. 
For a number of other reactions, the yield is 
limited by low selectivity due to undesirable 
side reactions or slow kinetics, which may 
be due to reaction product inhibition. Meth- 
ane oxidation to methanol is such an exam- 
ple. The high temperatures and pressures 
needed to produce acceptable yields for 
these reactions often create technical com- 
plications and require expensive process 
equipment and/or specialized catalysts. 
High-temperature catalytic membrane reac- 
tors, which combine simultaneous reaction 
and separation in a single unit operation, 
may, for a number of such reactions, solve 
the yield problems discussed above. 

Membrane reactors have in the past found 
use in the field of biotechnology. Applica- 
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tions include the reduction of cheese whey 
to peptides (1), the reaction of starch to 
maltose (1), and pectin degradation (2). The 
reactors used for these low-temperature 
enzyme-catalyzed reactions make use of 
porous organic (like polyvinylchloride) 
membranes. The use of such membranes is 
limited to temperatures below 100°C. For 
high-temperature applications, typical of ca- 
talytic processes, metal or inorganic mem- 
branes have been utilized. 

Some of the earlier applications of cata- 
lytic membrane reactor technology involved 
the use of porous glass membranes. In 1981, 
Kameyama et al. (3) utilized porous Vycor 
Glass tubes to study the decomposition of 
H2S to produce H2 and S. Conversions as 
high as twice the equilibrium limit were ob- 
served. Glass membranes have since then 
been utilized in other studies for the cata- 
lytic dehydrogenation of cyclohexane to 
benzene over supported Pt catalysts (4-6).  
The problem with glass membranes lies with 
their mechanical properties, i.e., their brit- 
tleness and their poor resistance to thermal 
and mechanical stresses. 

Most of the current literature (primarily 
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from the Soviet Union and Japan) on cata- 
lytic membrane reactor applications in- 
volves the use ofPd,  Pd alloys with Ru, Ni, 
and various metals from groups VI to VIII, 
and Pd-coated zirconia, alumina, and titania 
membranes. The Soviet literature, in partic- 
ular, is impressive and includes many Soviet 
inventor's certificates and European and 
American patents. They cover a number of 
hydrogenation and dehydrogenation reac- 
tions, such as CH4 steam reforming (7), de- 
hydrogenation of butene to butadiene (8), 
acetylene hydrogenation (9), dehydrogena- 
tion of 1-, 2-cyclohexanediol (10), dehydro- 
genation of isopropyl alcohol (11), hydroge- 
nation of cyclopentadiene to cyclopentene 
(12), n-heptane dehydrogenation (13), hy- 
drodealkylation of 1,4- and 1,5-dimethyl- 
naphthalene (14), and the production of 
many other specialty chemicals. 

The application of Pd membranes is based 
on the fact that Pd is highly permeable to H 2 
(a fact known since Thomas Graham first 
observed the phenomenon in 1866) but vir- 
tually impermeable to other gases and, of 
course, liquids. The development of Pd 
membranes has had a significant impact on 
proving and popularizing the concept of 
catalytic membrane reactors. The inher- 
ently low transmembrane fluxes, however, 
combined with the high cost of these mem- 
branes and phenomena of metal sintering, 
imbrittlement, and fatigue, have hindered 
the widespread industrial application of 
these membranes. Some of the earlier mem- 
brane reactor efforts also involved the use of 
materials, such as nonporous Ag and CaO- 
stabilized zirconias exhibiting enhanced ox- 
ygen anionic conductivity. A variety of re- 
action processes, primarily partial oxidation 
reactions, have been tested with some suc- 
cess (15). 

High-temperature catalytic reactors using 
porous ceramic membranes are a more re- 
cent development. One of the earlier ac- 
counts of the use of such a reactor was a 
paper by Davidson and Salim (16) (following 
a patent by the same group (17)), which re- 
ported the use of anodic aluminas in cata- 

lytic membrane reactor applications for sev- 
eral dehydrogenation reactions. Anodic 
aluminas are ideally suited for academic in- 
vestigations of transport and reaction (see 
Tsotsis et al. (18, 19)) because they have 
straight, nonintersecting pores. The existing 
membranes, however, have unsatisfactory 
mechanical strength. It is doubtful, there- 
fore, that anodic membranes will ever find 
significant industrial catalytic membrane re- 
actor applications. A broadly written British 
patent by Bitter (20) claimed the use of Sol- 
Gel alumina membranes for several dehy- 
drogenation reactions, one of them being 
the dehydrogenation reaction of propane to 
propylene, for which they claimed signifi- 
cant improvements in yield. The technical 
details in the patent are, however, sketchy. 
No further open literature information has 
been published, and no U.S. Patent has been 
issued. 

Zaspalis et al. (21-25) recently reported 
on the use of Sol-Gel alumina and titania 
membranes in catalytic membrane reactor 
applications. Reactions studied included the 
dehydrogenation of methanol (21-24) and 
n-butane (23) and the reaction between NO 
and NH3 (21, 25). Although the use of inor- 
ganic membranes did not apper to greatly 
improve the conversion and yield of the re- 
actions studied, and significant catalyst de- 
activation was observed, a number of novel 
concepts were presented, including the use 
of membrane reactors to prevent catalyst 
deactivation and maintaining a pressure 
drop across the membrane to prevent the 
slip of one of the reactants through the mem- 
brane. The latter concept was tested with 
the NO + NH3 reaction. The concept of a 
membrane reactor, which uses a nonperm- 
selective catalytic membrane to provide a 
well-defined and controlled interface be- 
tween reactants flowing in opposite sides of 
the membrane was originally suggested for 
vapor phase reactions by Sloot et al. (26) 
and tested for the Clauss desulphurization 
process, and by Harold and Cini (27, 28) for 
multiphase reaction systems. 

Okubo et al. (29) recently reported using 
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an asymmetric hollow fiber alumina mem- 
brane for cyclohexane dehydrogenation. 
The reactor consisted of a bed of Pt/y-A1203 
particles placed on the outside of the mem- 
brane filter. The use of a hybrid reactor sys- 
tem consisting of a conventional packed-bed 
reactor followed by a membrane reactor was 
also described in that paper. A membrane 
reactor containing an asymmetric alumina 
membrane (Membralox) with Fe203/ 
y-AI203 catalyst particles, promoted with 
K20, packed in its interior was used by Wu 
et al. (30) for dehydrogenation of ethylben- 
zene to styrene. An improvement in conver- 
sion (originally -15%, more modest gains 
reported later (31)) was reported over the 
case with no membrane. The use of a similar 
membrane reactor to attain conversions 
higher than the corresponding equilibrium 
conversions for the same reaction was re- 
cently reported by Ma et al. (32). 

One of the earliest open literature publica- 
tions reporting the use of Sol-Gel alumina 
membranes in a catalytic membrane reactor 
application is by Champagnie et al. (33). 
In this paper, results of preliminary studies 
of the ethane dehydrogenation reaction in a 
catalytic membrane reactor were reported. 
Using a membrane reactor operating in 
a "cross-flow/counter-flow" configuration 
and for dilute ethane and hydrogen feed mix- 
tures in Ar, conversions up to six times 
higher than the corresponding equilibrium 
conversions, for a region of experimental 
conditions, were observed. The cross-flow/ 
counter-flow mixed mode membrane reac- 
tor is very effective for enhancing reactor 
yields. It is not convenient to model how- 
ever. In this paper, a more complete account 
of our experimental studies of the ethane 
dehydrogenation reaction in a catalytic 
membrane reactor is presented. The reactor 
was operated in a cocurrent-flow mode. A 
mathematical model is also presented de- 
scribing the operation of this reactor. The 
predictions of this model are compared with 
the experimental findings for both dilute and 
dense ethane feed mixtures. Ethane dehy- 
drogenation is, of course, a very important 

industrial reaction used to produce ethyl- 
ene, a valuable chemical commodity. The 
predominant industrial process for produc- 
ing ethylene is homogeneous thermal crack- 
ing of ethane at high temperatures, which 
produces considerable amounts of by-prod- 
ucts, such as methane, acetylene, and 
higher hydrocarbons. The typical selectivity 
to ethylene, in an ethane steam cracker, is 
78 to 82 mol% with recycle. Heterogeneous 
catalytic processes have also been devel- 
oped, using platinum supported on alumina 
catalysts, resulting in higher selectivities to 
ethylene of up to 98% (34). The very high 
temperatures necessary to obtain adequate 
yields, however, result in catalyst deactiva- 
tion, due to metal sintering and coke for- 
mation. 

EXPERIMENTAL APPARATUS 

A schematic of the experimental appara- 
tus is shown in Fig. la. It consists of the 
reactant gas delivery system, the membrane 
reactor, and the product collection and mea- 
surement devices. The ceramic alumina 
membrane tube (Membralox) is supplied by 
ALCOA. It consists of a multilayered com- 
posite porous alumina tube with an inner 
diameter of 7 mm, an outer diameter of 10 
mm, and a length of 25 cm. The membrane 
reactor, shown in Fig. lb, consists of a stain- 
less-steel casing, inside of which the ce- 
ramic tube was placed and sealed to the 
stainless-steel body using graphite string 
wrapped around the tube. The shellside inlet 
and outlet openings were situated 17.5 cm 
apart. They allow for either cocurrent- or 
countercurrent-flow configurations. A cen- 
ter inlet port makes it possible to also oper- 
ate the reactor in other flow configurations. 

Heating was provided by six 57.5-W semi- 
cylindrical heaters, each pair controlled by 
an Omega CN-2000 programmable tempera- 
ture controller using a wire thermocouple 
(Omega) touching the outside ceramic mem- 
brane tube surface. Two other thermocou- 
ples monitored the temperatures of the in- 
side membrane surface. The reactor was 
well insulated and was operated under rea- 
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FIG. 1. (a) Schematic of apparatus, (b) ceramic membrane reactor. 

sonably isothermal conditions with all ther- 
mocouples readings within 2°C. The re- 
actant gases were dried and purified before 
being fed through the tubeside inlet. The 
individual gas flowrates, the mixture com- 
position, and the overall flow rates were 
controlled by flow controllers. An inert gas, 
acting as a sweep gas, was allowed into the 
reactor shellside. The tubeside pressure was 
controlled by a needle valve on the tubeside 
outlet and measured by a pressure gauge. 
The shellside outlet was maintained at atmo- 
spheric pressures. 

The alumina membrane tube was wet 
impregnated, using reaction grade 
2-hexachloroplatinic acid. For the mem- 
branes used in these experiments the im- 
pregnation was carried out using a micro- 
pipette, drop by drop on the inside surface 
of the membrane. The Pt metal impregnated 
on the membrane corresponds to a 5% wt 
loading based on the weight of the three 
microporous layers of the composite mem- 
brane. Although care was exercised to ob- 
tain uniform impregnation both around the 
periphery and along the length of the mem- 
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brane, it is possible that local nonuniformi- 
ties exist in the impregnation profiles. Other 
impregnation methods (35, 36) have also 
been tried, like placing the impregnating so- 
lution in the interior of the membrane or 
placing the whole membrane inside a beaker 
containing the impregnation solution. It is 
not clear whether these alternate impregna- 
tion methods result in a more uniform im- 
pregnation than the micropipette technique 
and themselves are associated with a num- 
ber of additional problems like controlling 
the amount of metal deposited. The issue 
of how to properly impregnate a composite 
catalytic ceramic membrane, in our opinion, 
remains unresolved. 

After impregnation, the membrane was 
dried overnight and then sealed inside the 
stainless-steel reactor. A 40 mol% oxygen 
in argon mixture at 130°C was passed over 
the catalyst overnight. Subsequently, hy- 
drogen was passed through the reactor at 
350°C for 12 h. During experiments to inves- 
tigate the effect of various reactor parame- 
ters, the compositions of the various 
streams were analyzed on line using a UTI 
100C mass spectrometer. Besides ethylene, 
ethane, and hydrogen, the concentrations of 
methane and C3 and larger species were also 
monitored. The overall flow rates were also 
measured using glass bubble flowmeters. 
For the runs under dilute conditions (less 
than 10% ethane in Ar), there were no de- 
tectable amounts of methane or C3 and 
higher carbon species observed. For the 
dense mixtures (over 80% C2H6 in Ar) for 
temperatures of 675°C and higher, the selec- 
tivity of ethane to ethylene was 98%. There 
was, furthermore, a slight decline in cata- 
lytic activity. The conversions reported for 
temperatures of over 675°C were recorded 
1 h after the initiation of the steady-state 
run. The deactivated catalyst could be reac- 
tivated by repeated treatments in oxygen 
and hydrogen. 

THEORETICAL MODEL 

Figure 2 shows a schematic of the cross 
section of the reactor. To develop the model 

for the reactor the following assumptions 
were made: 

1. Isothermal, steady-state conditions 
prevail everywhere in the reactor. 

2. The tubeside and shellside show plug- 
flow behavior and the flows are cocurrent. 
The radial tubeside and shellside concentra- 
tion gradients are negligible. 

3. The diffusion resistance of and reaction 
in the macroporous membrane layer, which 
exists to support the thin permselective 
membrane layers, are both negligible. 

4. No limitations to mass transfer exist in 
the gas phase, and the pressure drops in the 
tubeside and shellside are negligible. 

5. Axial diffusion in the membrane is neg- 
ligible compared to the radial diffusion term. 

Assumption (1) was reasonably well satis- 
fied for all experimental runs reported here, 
as was assumption (3). In situ permeability 
studies with the impregnated membranes 
showed that over 90% of the resistance to 
diffusion resulted from the microporous 
permselective layers (37). The ratio, fur- 
thermore, of the surface area of the support 
to that of the three permselective layers is 
less than 0.01. Assumption (5) is based on 
the fact that the thickness to length ratio of 
the permselective membrane layers is of the 
order of 10-3 and the ends of the membrane 
are impermeable to flow. It is difficult to 
completely verify through independent ex- 
periments assumptions (2) and (4), the valid- 
ity of which is obviously dependent on the 
shellside and tubeside residence times. For 
the residence times reported here diffusion 
in the axial direction was negligible com- 
pared to convective flow and there were no 
measureable pressure drops. In addition, 
the temperatures inside the reactor mea- 
sured along the center axis and near the 
membrane surface on both sides of the cen- 
ter line indicate that the temperature profile 
is flat. On the other hand, little evidence 
exists that the velocity profile is flat. The 
length to diameter ratio of 33 would tend to 
indicate that for the most part inside the 
reactor the flows would not be well devel- 
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FIG. 2. Schematic of reactor cross section. 

oped. Reynolds number calculations indi- 
cate that laminar flow conditions should pre- 
vail, but the presence of permeable walls 
should tend to flatten the velocity profiles. 

Inside the Membrane  

Dj 1 d [rdPJ] [ 
RTrd-~[_ dr J = - l J j k r  P A -- - -  

P d ' c ] ,  
K~ J 

(1) 

where Dj is the effective Knudsen diffusivity 
of component j ;  kr is the reaction constant; 
K" is the equilibrium constant; Pj is the par- 
tial pressure of species j,  with A standing for 
ethane, B for ethylene, C for hydrogen, and 
I for inerts; r is the radial coordinate; and 
vj is the stoichiometric coefficient, where 
vj < 0 for reactants, vj > 0 for products, and 
v i = 0 for inerts. The boundary conditions 
for Eq. (1) are 

Pj = yyPF t at r = R l (la) 

Pj = ySpSt a t r  = R2, (lb) 

where y f ,  yS are the mole fractions for spe- 
ciesj in the feedside (tubeside) and shellside 
correspondingly. Pt F, Pt s are the corre- 
sponding total pressures. In the model, 
Pt F , Pt s are assumed to be constant along the 
length of the reactor. Generally, however, 
Pt F # Pt s. R1 and R2 are the inner and outer 
diameters of the reactive membrane layer. 

The rate expression on the right side of 
Eq. (1) and the kinetic constant k r were de- 
rived by independent in situ investigations 
of the reaction kinetics of the ethane to eth- 
ylene reaction. In these experiments the re- 
actor was operated with the shellside inlet 
and outlet closed. The membrane tempera- 
ture and tubeside residence time and con- 
centration were varied and the reactor con- 
version was measured. The data were fitted 
to a rate expression of the form shown in 
Eq. (1). k r was found to obey 

k r = a e x p [ - ~ T  ] ,  (2) 

where A = 4.56 x 10 4 gmol/(cm 3 • atm • s) 
and the activation energy E = 20.61 kcal/ 
gmol (see (37) for further details). 

The thermodynamic equilibrium con- 
stant, K~, calculated by traditional tech- 
niques, was found to obey the relationship 

K e = A  eexp - ~ - ~  , (3) 

whereAe = 1.096 x 107 atm and E~ = 34.26 
kcal/gmol. 

In the Tubeside 

dnF - 27r~[r(dPJ~ ] 
dz \ dr ] Jr=R," (4) 
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The initial condition at z = 0 is 

nf  = n~o = FFo(YfoPVt/RT), (4a) 

where n f  is the molar flow rate of species j 
at z, n~ is its inlet molar flow rate, F0 F is the 
inlet total volumetric flow rate and Yi~ its 
inlet mole fraction in the feedside. The rest 
of the symbols have been previously de- 
fined; their definitions can also be found in 
the Appendix. 

In the Shellside 

dz \--6~'-f / Jr=R 2 (5) 

with n s = nSo = F s yS°pS at z = 0. (5a) 
RT 

The symbols have the same meaning as 
above, with superscript S signifying the 
shellside. 

The following dimensionless variables are 
defined: 

BY = nT er= , X =e- +2=no 
r ln~: 

R I ' a 

( R 2 - R  0 with o~ = In(1 + e), where e - 

• = a R l  /-kr R T 
~/ DA ' 

t 8j=Dj K e = ~ _ ~  ' ~ Z, 
DA, = -£, 

27rDAL F s 
Q =  Fg ' F r - F ~ .  

The ratio of the shellside and feedside total 
pressures, Pr, and the ratio of the shellside 
and feedside inlet flow rates, F r, are set ex- 
perimentally. The characteristic membrane 
parameter, e, is equal to the ratio of the 
thickness of the permselective layer to the 
radius of the membrane tube; qb is the Thiele 
modulus for the membrane; and Q is a 
dimensionless group, equal to the ratio of 
the maximum possible diffusional flux of the 

species A through the membrane (in the ab- 
sence of reaction and for conditions prevail- 
ing throughout the membrane being the 
same with those at the inlet) to the total inlet 
molar flow rate. 

Based on the above definitions Eqs. 
(I)-(5) become: 

In the Membrane 

d2Xj = - (vj/Sj) exp(2a~o)~ 2 
do~ 2 

Xj = yy ato~ = 0 (6a) 

X j - -  ySp  r at co = 1. (6b) 

In the Tubeside 

d ;  = ~ ',d-~-~/.=0 (7)  

q J f = y ~  a t e = 0 .  (7a) 

In the Shellside 

(8) 

6s = FrPrySo at ~ = 0. (8a) 

From Eq. (6), adding together the equa- 
tions for A and B and A and C and inte- 
grating, one obtains the following system of 
two algebraic equations, which relate XB 
and Xc to XA. 

8BX B = (Pry s - yF A + 8B(Pry s -- yV))oj 

+ yFA + 8~y§-- X A (9) 

8cXc = (pryS _ yV A + 8c(pryS _ Y C))wF 

+ yF + ScYFc_ XA (10) 

The three differential equations (6) corre- 
sponding to species A, B, C can be replaced 
by the algebraic equations (9) and (10) and 
the following differential equation. 

[ 1 d2XAd~ 2 = I~ 2 exp(2c~oJ) X A KeSBSc 

[(ySp~ + 8sySp~ _ yV a _ 88yF)to 
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+ (Y~ + 8BYe) - XA][(ySPr + 8 c y S P r  - YFA 

-- 8cY~)CO + (Y~ + 8cY~) - XA]] ( l l )  

X A = y F  A a t o J = 0  (lla) 

X A = y s P  r a t o =  1. ( l lb)  

The corresponding equation for the inert 
component is 

d% 
dco2 - 0 (12) 

X I = y ~  a t o J - - 0  (12a) 

X z = y S  a t o =  1, (12b) 

where by simple integration 

X 1 = (ySp  r - yf)m + yF. (13) 

The system of Eqs. (7)-(12) was solved 
using a numerical technique that combined 
a finite difference method with variable step 
size and deferred conditions to solve Eqs. 
(9)-(12) (IMSL version 10.0 subroutine 
DBVFD) and a third-order Runge Kutta 
technique to solve Eqs. (7) and (8). Note, 
however, that for thin membranes exp(2o~oJ) 

1 and for small and large values of q~ 
regular and singular perturbation analytical 
solutions can be developed to solve Eqs. 
(9)-(12). Only for a narrow region of • val- 
ues does one really need to solve the full 
system of Eqs. (9)-(12) numerically. The 
exact numerical details can be found else- 
where (37). 

EXPERIMENTAL RESULTS AND DISCUSSION 

All the experiments reported here were 
performed with one single membrane. This 
was an asymmetric composite Sol-Gel type 
membrane provided to us by ALCOA 
(Membralox). The membrane consisted of 
four layers, the nominal diameters and 
thicknesses of which are reported in Fig. 3. 

Two gas feed compositions were used 
during the membrane reactor experiments. 
The first feed composition called the dilute 
feed, consisted of 8.7 mol% ethane, 4.4 
mol% hydrogen, and 86.9 mol% argon. The 

second feed composition, defined as the 
dense feed, consisted of 83.4 mol% ethane, 
8.3 mol% hydrogen, and 8.3 mol% argon. 
Further details of the gas composition analy- 
sis techniques can be found elsewhere (37). 

The membrane was impregnated with Pt 
as previously described in the experimental 
section. The total amount of Pt on the mem- 
brane was 32 mg. Based on the surface area 
ratios one would expect over 80% of this 
metal to be deposited in the first two layers 
of the membrane. The impregnation 
method, as described earlier, would also fa- 
vor the deposition in the first two layers. 
This was verified by direct visual inspection 
and by SEM analysis of cross sections of the 
membrane. Since these experiments were 
completed, a detailed study of the effect of 
the various impregnation parameters on the 
metal distribution in these membranes and 
the relationship between metal distribution 
profiles and membrane activity and perme- 
ability has been initiated. Results of this 
study will be reported in a future publi- 
cation. 

Before the initiation of the membrane re- 
actor experiments, detailed kinetic investi- 
gations were performed in order to derive 
the reaction rate expression and to calculate 
the values of the kinetic constants. The ki- 
netic experiments were performed in the 
membrane reactor with the shellside inlet 
and outlet closed. The ethane conversion to 
ethylene was measured for different feed 
concentrations and temperatures and tube- 
side residence times. The model used for 
data analysis is described in (37). The reac- 
tion rate expression found to give the best 
fit to the data and the values of the rate and 
equilibrium constants have already been 
given in the Theoretical Model section. 

The permeability of all species involved 
in the reaction was also measured in the 
temperature range 25-400°C. Experimental 
details of the permeability measurement 
technique have already been reported (33). 
For temperatures above 250°C for the im- 
pregnated membranes and pressure gradi- 
ents across the membrane of up to 1 atm, 
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2 2000 A 30 microns 0.53 
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FIG. 3. Membralox tube cross section. 

all four gases (ethane, hydrogen, ethylene, 
argon) follow a Knudson type diffusion with 
diffusivities being inversely proportional to 
the square root of their molecular weights. 
For temperatures higher than 400°C the per- 
meabilities for ethane and ethylene were ex- 
trapolated using the Knudsen formula (38), 
i.e., 

Dk= k0(T) 1/2. (14) 

The first series of membrane reactor ex- 
periments involved the study of the effect 
of sweep ratio Fr on ethane conversion. The 
dilute feed was used together with a reactor 
temperature of 550 °, a residence time of 
2.15 s, and a tubeside pressure of 2 atm. 
The shellside pressure was kept at 1 atm. 
Pressure drops along the length of either 

the shellside or the tubeside were negligible 
(less than 0.03 atm). The data, for sweep 
ratios ranging from 0.5 to 2.0, are shown in 
Fig. 4. 

Shown also on this figure are the values 
of the homogeneous thermodynamic equi- 
librium conversions (Xeq) at the tubeside and 
shellside pressure conditions. The solid line 
represents the model fit. The only adjustable 
parameter used to fit these data was the 
thickness of the permselective layer. The 
thickness value used to draw the solid line 
is 13/zm. This is 2.6 times higher than the 
nominal thickness of the first microporous 
layer. The preparation methods, however, 
of the Sol-Gel membranes, result in an in- 
terfacial region between layers, in which the 
top layer penetrates into the bottom layer. 
Given the uncertainty in the measurement 
of the layers' thickness and the fact that 
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some contribution of the second layer, both 
in terms of activity and resistance to flow, 
is to be expected, the estimated value of 
the thickness of the permselective layer is 
reasonable. The same value for the thick- 
ness was used in all subsequent figures in 
this paper; i.e., no further adjustment was 
made to improve the fit. 

The behavior shown in Fig. 4 was ex- 
pected. Increasing the flow rate of the inert 
gas in the shellside, while keeping the tube- 
side residence time constant, decreases the 
concentration of hydrogen in the shellside 
and, therefore, increases the rate of the hy- 
drogen depletion rate from the vicinity of 
the catalyst. Lower hydrogen pressures in 
the catalyst's vicinity result in higher reac- 
tion rates. This is clearly shown in Figs. 5a 
and 5b, where the calculated hydrogen and 
ethane partial pressures along the length of 
the membrane in the shellside and tubeside 
are shown as a function of the sweep ratio 
(the dotted line is for sweep ratio of 1 and 
the solid line for sweep ratio of 2). Here, the 
hydrogen partial pressure initially drops at 
a faster rate in the tubeside at higher sweep 
ratios as a result of the lower shellside par- 
tial pressures of hydrogen and the corre- 
sponding increased flux of hydrogen from 

the tube to the shellside. The driving force 
for diffusion is highest at the entrance of 
the reactor, where the shellside hydrogen 
partial pressure is close to zero. The rate of 
diffusion of hydrogen across the membrane 
is highest in the first 25% of the reactor 
length, after which it begins to level off. 
At a distance of 0.75 reactor lengths, the 
rate of diffusion of hydrogen across the 
membrane has slowed down to 20% of the 
initial rate. 

Figure 6 shows the calculated overall re- 
actor conversion at various distances z from 
the inlet of the reactor. The overall conver- 
sion at point z is defined as the total amount 
of ethane consumed up to that point along 
the reactor length. The results show that up 
to 80% of the overall conversion occurs in 
the first half of the reactor. This is due to 
the high reaction rate resulting from the en- 
hanced diffusion of hydrogen across the 
membrane in the first half of the reactor. 

Figure 7 shows the effect of membrane 
temperature on reactor conversion as mea- 
sured experimentally in the reactor. The 
solid line again represents the model calcu- 
lations for a permselective layer thickness 
of 13/~m. The rest of the membrane reactor 
parameters are indicated in the figure cap- 
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tion. As expected the membrane reactor 
conversion increases as a function of mem- 
brane temperature due to the resulting 
higher reaction rates. 

The effect of tubeside pressure on reactor 
conversion, while keeping the shellside 
pressure and all other conditions constant 
(as indicated in the figure caption), is shown 
in Fig. 8. Increasing the tubeside pressure 
generally decreases the reactor conversion, 
a trend also seen with Xeq. 

Figure 9 shows the effect of tubeside 

residence time on reactor conversion. In- 
creasing the tubeside residence time in- 
creases the reactor conversion. This be- 
havior is due to the increased contact time 
between the reactants and the catalyst in 
the membrane. 

If by increasing the residence time the 
reactor conversion is increased, then a 
longer reactor length should also produce a 
similar conversion increase. The model can 
be used to study the effect of increasing the 
reactor length on the overall conversion. An 
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increase in the reactor length produces an 
increase in the overall conversion as can be 
seen in Fig. 10a. (In this figure, the tubeside 
residence time was kept constant at 2.15 s 
for all reactor lengths by adjusting the flow 
rate.) There is obviously a reactor length 
beyond which increasing the reactor length 
produces no marked improvement in con- 

version due to the eventual back diffusion 
of product gases, which offsets the increase 
in ethane reaction due to the increasing 
amount of catalyst. For example in Fig. 10b 
for a temperature of 550°C, sweep ratio of 
1.0, tubeside pressure of 2 atm, and dilute 
feed conditions, increasing the reactor 
length of 12.5 cm by a factor of 2.0 almost 

L) 
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F IG .  7. C o n v e r s i o n  v s  t e m p e r a t u r e  f o r  t h e  d i l u t e  f e e d ;  F r  = 1.0, z = 2 .15  s, P t  F = 2 a t m ,  P t  s = 1 a t m .  
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doubles the overall conversion. However, 
doubling the reactor length further from 
25.0 to 50.0 cm produces only an addi- 
tional 20% increase over the conversion 
obtained in the reactor with a length of 
25.0 cm. 

The thickness of the permselective mem- 
brane layer is a variable, which also affects 

the maximum conversion obtainable in the 
reactor. The thickness affects the flux of 
gases through the membrane and affects the 
reaction rates. As the thickness increases, 
the reactor conversion increases due to the 
higher reaction rate res,ulting from the larger 
amount of catalyst in flae membrane layer. 
This, however, is counterbalanced by the 

25 
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P t  s = 1 a t m .  
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r e a c t o r  l eng ths ;  T = 550°C, Fr  = 1.0, ~" = 2.15 s, pF  = 2 a tm,  P t  s = 1 a tm.  (b) C a l c u l a t e d  ove ra l l  

c o n v e r s i o n  vs  to ta l  r e a c t o r  l eng th  for  the  d i lu te  feed;  T = 550°C, Fr = 1.0, z = 2.15 s, Pt  F = 2 a t m ,  
P t  s = 1 a tm.  

r e d u c e d  flux o f  h y d r o g e n  t h r o u g h  the  p e r m -  
se l ec t ive  l aye r ,  w h i c h  resu l t s  in l o w e r  con-  
ve r s ions .  O p t i m i z i n g  the  t h i cknes s ,  res i -  
d e n c e  t ime ,  and  r e a c t o r  l eng th  for  a g iven  
set  o f  r e a c t i o n  c o n d i t i o n s  is o b v i o u s l y  im- 
p o r t a n t  in ach i ev ing  the  m a x i m u m  yie ld  pos -  
s ible .  

F ina l l y ,  F igs .  11 to 13 p r e s e n t  the  runs  

u n d e r  the  d e n s e  cond i t i ons .  F i g u r e  11, in 
pa r t i cu la r ,  shows  the  ef fec t  o f  t e m p e r a t u r e  
on  c o n v e r s i o n ;  Fig .  12 s h o w s  the  ef fec t  o f  
s w e e p  ra t io ;  and  Fig.  13 s h o w s  the  ef fec t  o f  
t u b e s i d e  p r e s s u r e .  This  b e h a v i o r  is gene r -  
a l ly  the  same  as  the  b e h a v i o r  s h o w n  wi th  
the  d i lu te  feed.  The  m o d e l  fit is, h o w e v e r ,  
not  as  good .  
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FIG. 11. C o n v e r s i o n  vs  t e m p e r a t u r e  for  the  d e n s e  feed ;  Fr = 1.0, r = 2.15 s, pF  = 2 a t m ,  pS = 1 a t m .  

C O N C L U S I O N S  

Results o f  studies of  the catalytic ethane 
dehydrogenat ion  in a membrane  reactor  are 
presented here. A mathemat ica l  model is 
also presented,  which appears  to fit the data 
reasonably  well over  a broad range of  ex- 
per imental  conditions using only one adjust- 

able parameter ,  i.e., the thickness of  the 
permselect ive  membrane  layer.  Calculated 
hydrogen and ethane partial pressures  and 
overall  rates along the length of  the reac tor  
are also presented as a function of  the vari- 
ous reactor  parameters .  They  are helpful in 
explaining the membrane  reac tor  behavior .  

The membrane  reactor  configuration de- 
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FIG. 13. Convers ion  vs  pressure  for the dense  feed; T = 550°C, Fr = 1.0, ~" = 2.15 s, pS = 1 atm.  

scribed here (empty impregnated tube, co- 
current  flow) is only one of  many possible 
arrangements.  Other membrane reactor  
configurations involve countercurrent  and 
mixed mode cocurrent /countercurrent  con- 
figurations. For  some reactions,  using reac- 
tors containing unimpregnated membranes 
packed with catalyst is more efficient. For  
others one would opt for packed and impreg- 
nated membrane reactors.  In industrial 
practice one would use multitube configu- 
rations. In future publications the various 
design issues associated with the operation 
of  these different catalytic membrane reac- 
tor configurations will be addressed. 
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APPENDIX :  N O M E N C L A T U R E  

Cj concentrat ion of  species j ,  mol/cm 3 
Dj effective diffusivity for component  j ,  

c m 2 / s  

F I: feed or tubeside volume flow rate, 
c m 3 / s  

F0 v tubeside volume flow rate at inlet, 
cma/s 

F s inert sweep gas volume flow rate, 
c m 3 / s  

F s inert sweep gas volume flow rate at 
inlet, cm3/s 

Fr sweep ratio (FSo/FV), dimensionless 
K~ equilibrium constant,  atm 
K~ equilibrium constant,  dimensionless 

= K'JPI: 
k r reaction rate constant,  gmol/cm 3 • 

arm z.  s 
L length of membrane,  cm 
Mj molecular weight of  component  j 
n: molar flow rate of  component  j ,  

gmol/s 
n~ total inlet molar flow rate in tubeside, 

gmol/s 
P~ partial pressure of  component  j ,  atm 
Pr PS/PV t , dimensionless 
Pt v total pressure in the feed or tubeside, 

atm 
pS total pressure in the permeate  or 

shellside, atm 
Q 2ZrDAL/F ~ , dimensionless 
r radial distance, cm 
R universal gas constant,  82.05 cm 3 • 

atm/gmol • K 
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R 1 inner radius of membrane element, 
cm 

R 2 outer radius of membrane element, 
cm 

t thickness of membrane layer, cm 
T operating temperature, K 
W r volume of inner tube (IrR2L), cm 3 
W weight of catalyst, g 
Xeq equilibrium conversion, dimen- 

sionless 
Xj mole fraction of componentj in mem- 

brane (p/eFt) 
yF mole fraction of component j in the 

tubeside (nf /n F) 
yS mole fraction of component j in the 

shellside (nS/n s) 
z longitudinal distance, cm 

Greek Symbols 

a In(1 + e), dimensionless 
8 i diffusivity ratio (Dj/DA), dimen- 

sionless 
e (R 2 - -  R1)/R1, dimensionless 

dimensionless length (z/L) 
vj stoichiometric coefficient of compo- 

nent j ,  dimensionless 
~: dimensionless radius (r/RO 
~- residence time (Vr/FF), s. 
p gas density, g/cm 3 
~i ~ nF/n F , dimensionless 

nS/n v , dimensionless 
Thiele modulus (R 1 ~ A ) ,  di- 

mensionless 
oJ In ~la, dimensionless 

Superscript 

F refers to the feed or tubeside 
S refers to the permeate or shellside 

Subscript 

A C 2 H  6 

B C2H 4 
C H 2 
I Ar 
j component letter 
0 refers to inlet conditions 
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